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A B S T R A C T

The combination of pressure swing adsorption (PSA) with a downstream redox chemical looping cycle to
remove trace oxygen is proposed for the production of high-purity nitrogen from atmospheric air. The non-
stoichiometric perovskite SrFeO3−𝛿 is selected for the redox chemical looping cycle because of its favourable
thermodynamics, rapid oxidation kinetics and intermediate reduction temperatures. Long term stability of the
material was demonstrated over 250 redox cycles via thermogravimetry. Oxidation kinetics were measured and
incorporated in a 1D convection–diffusion model of a packed bed reactor configuration. The model indicates
that, for a targeted oxygen impurity level of 𝑥𝑂2

< 3 × 10−6, a chemical looping unit added to a PSA system
could approximately triple the capacity and reduce the energy demand to 14kJmol−1 of N2.
. Introduction

Nitrogen makes up 78% of the earth’s atmosphere. Its triple bond
≡N is extremely stable, making the gas inert under most circum-

tances. Despite this chemical stability, natural fixation of nitrogen
rom the atmosphere and its subsequent chemical reactions are vital
or the biosphere, with these processes known collectively as the bio-
eochemical nitrogen cycle. Indeed, the fixation of nitrogen is often
he bottle-neck that limits growth rate for many plants, including do-
esticated species. In the early 20th century, the Haber–Bosch process
as commercialised, offering a synthetic route to nitrogen fixation via
mmonia production. This would lead to an ever increasing demand for
itrogen, with ammonia among the world’s most produced chemicals
sing as much as 1% of global primary energy [1].

Different applications of nitrogen require different purities and
roduction capacities. Fig. 1 shows capacity vs. purity trends for some
f the larger scale units commercially available, including; fractional
istillation of cryogenic liquefied air, pressure swing adsorption (PSA),
nd membrane separation units. Each of these technologies use me-
hanical compression as the source of work that powers the separation
f nitrogen from air, but the processes after compression are quite
ifferent [2]. In a cryogenic plant, moisture and CO2 are first removed
rom the compressed air, before volumetric expansion and a series of
ery effective heat exchangers are used to cool the air until it con-
enses. The liquid air is then passed to a distillation column, offering a
ery pure stream of nitrogen from the top of the distillation column [2].

✩ Electronic Supplementary Information (ESI) available.
∗ Corresponding author.

Fig. 1. Production capacity vs. nitrogen purity
(

1
𝑥O2

)

for commercially available

nitrogen production units. Data from gas separation company Genron, is shown for
membrane (model 6830CP) and PSA (model NS-60-94) systems, which are some of the
larger scale units commercially available. For cryogenic air separation units (ASUs),
companies Linde and Cryogenmash offer systems ranging from 500–8000+ [N m3 h−1].

In a PSA system the compressed air is passed through a packed bed of
adsorption material, e.g. a carbon molecular sieve, which adsorb O2,
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Fig. 2. A schematic of the proposed process chain. Nitrogen is first separated from air via PSA, compressed and then passed through a packed bed of reduced SrFeO3 to remove
residual oxygen. The two packed bed reactors then alternate between oxidation for gas purification, and reduction for regeneration of the bed.
H2O, and CO2 more readily than N2 [2,3]. Purified N2 exits the packed
bed, which is periodically regenerated by releasing the pressure to
desorb the gases (and pumping it down to vacuum pressures), with two
packed beds required for continuous operation. In a membrane system
the gas is passed through a large array of hollow fibres which more
readily permeate O2, H2O, and CO2 [2], so that more concentrated
nitrogen exits the end of the fibres.

Generally, the life-cycle cost normalised per mole of nitrogen, in-
creases with purity and decrease with scale. Cryogenic systems require
the expansion, heat exchangers and low temperature distillation to be
performed in an insulated cold-box, increasing the plant complexity
relative to a PSA system [2]. The energy demand of the compressors
and effectiveness of the heat-exchangers benefit greatly by scaling up
the system. Although intermediate scale cryogenic plants are available
at 500 N m3 h−1, manufacturers data indicates that they have double
the power demand of large scale systems (from Cryogenmash). On
the other hand, the capacity of a PSA unit decreases significantly
with increasing purity (see Fig. 1), while the installation cost and
power demand remain approximately the same. This is because the PSA
packed beds need to be regenerated much more frequently to maintain
the high purity.

It can also be seen from Fig. 1, that for purities in the range 103–105

and capacities above 800 N m3 h−1, that neither PSA nor membrane
technologies are well suited. Applications in this region may be forced
to opt for a more expensive cryogenic system. An interesting option
to upgrade the purity of the nitrogen from a PSA system without
drastically decreasing the capacity, is to add a deoxygenation (deoxo)
step to the process [3]. This is downstream of the PSA, and uses
chemical reactions to directly remove oxygen. In the past a chemical
looping of copper oxide has been employed [3],

O2(g) + 2Cu(s) ⟶ 2CuO(s), (1)

which is regenerated using hydrogen,

CuO(s) + H2(g) ⟶ Cu(s) + H2O(g). (2)

This allowed PSA systems to achieve higher purity and maintain a
larger capacity. However, this is a rather complex add on unit which
requires H2 for regeneration, and as noted by Shulte et al., this results
in a large cost increase for the system [3].

In this work we propose another deoxygenation route using a chem-
ical looping cycle of non-stoichiometric SrFeO3,

SrFeO3

𝛿(𝑇 ,𝑝O2 )
←←←←←←←←←←←←←←←←←←←←←←←←←←→ SrFeO3−𝛿 +

𝛿
2
O2. (3)

This material can be regenerated using a temperature and pressure
swing cycle as opposed to hydrogen [4]. It has been extensively studied
for its non-stoichiometric redox properties [5,6], and its potential for
application in air separation [7,8]. Many other materials including
manganese and cobalt based perovskites, have also recently been sug-
gested for air separation processes [9–11], but SrFeO3−𝛿 was chosen for
the balance it strikes between ease of reduction, its relatively strong
2

oxygen affinity, and its rapid oxidation kinetics at temperatures in the
range 500–650 K [4,12].

Fig. 2 shows a schematic of the proposed PSA-deoxo process, where
roughly purified nitrogen from a PSA system (𝑥O2

< 0.01) is further
purified using packed beds of reduced SrFeO3−𝛿 to remove oxygen to
ppm levels. In this work we set a cut-off oxygen impurity of 3 ppm, so
that this is the maximum oxygen fraction in the gas leaving the process,
which has been demonstrated at lab-scale [4]. The deoxo unit consists
of a heat exchanger, two packed beds and a vacuum pump. While the
oxidation of one SrFeO3−𝛿 packed bed is absorbing oxygen from the
stream at 𝑇ox ≈ 600K, the other bed is being regenerated by heating to
𝑇red ≈ 850K and reducing the SrFeO3 with a vacuum pump to remove
additional oxygen at low partial pressures. The nitrogen coming from
the PSA system is usually at 7–10 bar, which can be further compressed
(optional) before the deoxo system, as this can improve the amount
of oxygen absorbed per cycle in the packed beds. If the nitrogen is
required at higher pressures than 7–10 bar, the compression before the
deoxo unit would come at no extra cost as the gas would need to be
compressed either way.

In this work we analyse the technical feasibility and potential per-
formance of this process. We start with a first principles thermodynamic
analysis to determine the energy demand relative to a PSA system
alone. We then perform an experimental analysis of oxidation kinet-
ics and chemical stability of SrFeO3, both at the conditions relevant
for the process (see Table 1). In total we performed 250 cycles of
SrFeO3−𝛿 redox chemical looping at the suggested process temperatures
to demonstrate its high chemical stability. We formulate a kinetic
model of a single pellet, which can be used to model the packed beds.
The packed beds of SrFeO3−𝛿 are one of the main components of the
process, and the only part which is not yet fully developed. Therefore,
to assess this component we develop a 1D convection–diffusion model
with a chemical source term based on the kinetic model. We validate
the model for a demonstration experiment [4]. Finally, a scaled up
system for the production of 1000N m−3 h−1 of nitrogen with an oxygen
impurity 𝑥O2

< 3𝑒−6 is modelled.

2. Thermodynamic model

In this section we develop a first principles thermodynamic model of
the process illustrated in Fig. 2, which should allow us to determine the
energy demand of the process. To perform this energy balance we break
the process into a number of separate steps. First the air enters the
PSA unit, where CO2, H2O and O2 are removed, with oxygen remaining
at a mole fraction 𝑥O2 ,PSA, e.g. 1%. This requires a work input 𝑊PSA.
The gas stream leaving the PSA at a pressure of 7 bar [13] can then
be further compressed, which requires a work input 𝑊compr . The gases
then need to be heated up to the oxidation temperature requiring a heat
input 𝑄gas. A heat exchanger can be used between the gas exiting and
entering the packed bed to reduce this energy demand.

After passing through the heat exchanger, the gas enters one of

the packed beds (PB) containing SrFeO3 (SF) where further oxygen
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Fig. 3. A 𝑝O2
− 𝑇 diagram of the thermodynamic redox cycle with energy inputs and

outputs. The parameters for this cycle are given in Table 1. In the thermodynamic
model, the SrFeO3−𝛿 is always in equilibrium with 𝑝O2

. The cycle then takes place
between two isotherms, 𝑇ox and 𝑇red, and two equilibrium contours at constant 𝛿,
𝑝O2

(𝛿ox , 𝑇 ) and 𝑝O2
(𝛿red , 𝑇 ). These equilibrium contours are determined by the redox

material SrFeO3.

is removed, leading to an outlet nitrogen stream with oxygen mole
fractions on the order of ppm. In the packed bed the SF undergoes a
redox cycle illustrated on a p-T diagram in Fig. 3. During the isothermal
oxidation step at 𝑇ox, SF takes up oxygen until a non-stoichiometry of
𝛿ox. During the isothermal reduction step at 𝑇red, the absorbed oxygen is
removed from the packed bed via a reduction reaction leading to a non-
stoichiometry of 𝛿red. The energy inputs to this cycle are; the heating
up of the SF packed bed during the temperature swing from 𝑇ox to
𝑇red when switching from oxidation to reduction, 𝑄SF, and the enthalpy
change of the endothermic reduction step, 𝑄red. The heat released by
the cycle is the cooling down of the packed when changing from the
reduction step to the oxidation step, and the reaction enthalpy of the
exothermic oxidation. As can be seen in Fig. 2, during the reduction, a
vacuum pump is employed, which also requires a work input 𝑊vac.

The total energy demand for the process is then given by,

𝐸tot = 𝑊PSA +𝑊compr +𝑄gas +𝑄SF +𝑄red +𝑊vac (4)

For 𝑊PSA, 𝑊compr , 𝑄gas, and 𝑊vac we can use established functions and
thermodynamic databases. However, for the redox cycle (𝑄SF and 𝑄red)
we need a consistent thermodynamic model of SrFeO3, as described
below.

2.1. SrFeO3 thermodynamics

The perovskite SrFeO3−𝛿 undergoes non stoichiometric reduction as
show in Eq. (3), where the values of 𝛿 varies with temperature and
the partial pressure of oxygen. Previous investigations of this redox
system report equilibrium data for the non-stoichiometry at a wide
range of temperature and oxygen partial pressures 𝛿eq(𝑇 , 𝑝O2

) [5,6,14–
17], which was combined with previous work of the authors [4], to
formulate an equilibrium model of SrFeO3. It allows for the calcu-
lation of equilibrium non-stoichiometry 𝛿eq(𝑇 , 𝑝O2

), and given 𝛿 the
equilibrium oxygen partial pressure 𝑝O2 ,eq(𝛿, 𝑇 ). This can be seen in
comparison to experimental values from Bulfin et al. [4] in Fig. 4. The
details of the model can be found in the ESI Section 1.

The heat capacity of SF was calculated using the elastic tensor (from
0 K DFT) and the Debye Model as described by Vieten et al. [18] and
linearly interpreted between the end member reduction states. This
results in a heat capacity which depends on both the non-stoichiometry
and the temperatures 𝐶𝑝,SF(𝛿, 𝑇 ), with full details given in the ESI.

The reaction enthalpy change required to reduce SrFeO3 𝛥𝐻red
was calculated using the value of 65 kJ mol−1 (per mole of atomic
3

O

Fig. 4. Equilibrium isotherms of non–stoichiometry 𝛿 vs. 𝑝O2
for SrFeO3−𝛿 , plotted at

temperatures in the range 623-1073 K in steps of 50 K. Squares are experimentally
measured values from Bulfin et al. [4], solid lines are values calculated with our
𝛿eq(𝑇 , 𝑝O2

) model, see ESI Section 1.

oxygen) reported by Sereda et al. [17] at 923 K, and using Kirchhoff’s
law to extrapolate to other temperatures. Since the heat capacity of
SF has both a 𝑇 and a 𝛿 dependence, this results in an enthalpy of
reaction which depends on both temperature, and the start and end
point non stoichiometries 𝛥𝐻red(𝛿initial, 𝛿f inal, 𝑇 ). This method of using
Kirchhoff’s law together with our theoretical heat capacities ensures a
closed energy balance for the material around a redox cycle.

2.2. Thermodynamic model assumptions

In order to model the packed bed redox cycle, we make the follow-
ing assumptions;

1. The temperature, pressure and concentrations are assumed to be
constant throughout the packed bed reactors, so that they can be
modelled as zero dimensional.

2. The redox reactions only take place at 𝑇red and 𝑇ox.
3. The oxygen partial pressure is in equilibrium with the SrFeO3−𝛿

throughout the oxidation step.
4. Residual nitrogen in the reactor at the end of oxidation can be

neglected in the vacuum pumping reduction step.
5. The gas coming from the PSA has a constant oxygen impurity

𝑥O2,PSA
, i.e. not varying with time.

The first assumption is equivalent to assuming an ideal perfect
mixing flow reactor, which greatly simplifies the model, but also under-
estimates the performance relative to a plug flow reactor. The second
assumption is valid for oxidation, where the reaction cannot take place
until the oxidant is introduced at 𝑇ox. For reduction, some reduction
could take place during the heating up phase, but the assumption
conserves the net energy balance and serves to simplify the compu-
tation. The third assumption is that the kinetics of the reactions are
fast enough to allow the system to come very close to equilibrium at
all times during oxidation, which is supported by kinetic analysis of
SrFeO3 showing rapid oxidation at the temperature considered [12].
The fourth assumption is justified by a calculation of the relative
amount of residual nitrogen and oxygen to be pumped, which is given
in the thermodynamic model section of the ESI. The fifth assumption
is a simplification, as a detailed model of the PSA system adds a lot of
complexity. This assumption could be achieved in practice by using a
buffer tank after the PSA system to smooth the oxygen impurity output.
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2.3. Energy balance

Here we outline the calculations of the energy demand of each part
of the process, in all cases per mole of nitrogen produced. This includes
a mass balance of the redox process.

The work of the PSA was calculated with the empirical formula
developed by Krenzke et al. in [19] as,

𝑊PSA = 1
(1 − 𝑥O2 ,PSA)

log

(

𝑥O2 ,𝑖𝑛

𝑥O2 ,PSA

)

⋅ 1000
[

J mol−1N2

]

. (5)

where the 𝑥O2 ,in = 0.21 is the oxygen mole fraction of air, 𝑥O2 ,PSA is the
mole fraction of oxygen leaving the PSA system. The subscript in the
units is to indicate that this is per mole of N2. The factor of 1

(1−𝑥O2 ,PSA)

ccounts for the change in moles after the residual oxygen is removed.
The work to compress the mixture of N2 and O2 from the PSA sys-

em to the oxidation pressure of the packed bed 𝑊𝑐𝑜𝑚𝑝𝑟, was calculated
y assuming an 85% efficient adiabatic compressor. The ideal adia-
atic compression energy demand was calculated using an isentropic
ressure change, for our given gas mixture with cantera [20],

compr =
1

0.85(1 − 𝑥O2 ,PSA)
𝑊ideal−adiabatic(𝑝PSA, 𝑝ox)

[

J mol−1N2

]

(6)

where the 0.85 accounts for the efficiency, and 1
(1−𝑥O2 ,PSA)

accounts for

he change in number of moles after removing the oxygen.
The gas heat energy demand was calculated using the formulae,

gas =

{

𝑄gas,in + 𝜂HE𝑄gas,out 𝑄gas,in > 𝜂HE𝑄gas,out

0 𝑄gas,in ≤ 𝜂HE𝑄gas,in
[J mol−1N2

], (7)

where 𝑄𝑔𝑎𝑠,𝑖𝑛 and 𝑄gas,out are the sensible heats of the incoming and
outgoing gases respectively. The heat exchanger efficiency was set to
a conservative 𝜂HE = 0.8. To calculate the sensible heat of the gases,
the specific heat (taken from NIST Chemistry WebBook) was integrated
from 𝑇amb to 𝑇ox.

To heat the SF up to the reduction temperature we require a heat
input,

𝑄SF = 𝑛SF ∫

𝑇𝑟𝑒𝑑

𝑇𝑜𝑥
𝐶𝑝,SF(𝛿ox, 𝑇 ) 𝑑𝑇 [J mol−1N2

], (8)

where 𝑛𝑆𝐹 is number of moles of perovskite which needs to be cycled
in order to produce 1 mole of N2. It has an approximate dependence,

𝑛SF ≈
2𝑥O2,PSA

𝛥𝛿
[mol∕molN2

], (9)

where 𝛥𝛿 = 𝛿red − 𝛿ox. This is the amount of oxygen in the gas coming
from the PSA divided by the oxygen storage of the SF 𝛥𝛿. The complete
oxygen mass balance between the gas and solid, is given in the ESI.

The energy demand for the reduction of SF, 𝑄red, is given by,

𝑄red = 𝑛SF𝛥𝐻𝑟𝑒𝑑 (𝛿ox, 𝛿red, 𝑇red) [J mol−1N2
], (10)

where the reaction enthalpy 𝛥𝐻red(𝛿ox, 𝛿red, 𝑇red) calculation is given in
Section 1 of the ESI.

During reduction the pressure will be pumped down from atmo-
spheric pressure to remove additional oxygen. The work demand of the
vacuum pump is calculated using the formulae,

𝑊vac = 𝑛SF
𝛿red − 𝛿ox

2 ∫

𝛿red

𝛿ox
𝑊vac. pump(𝑝O2,eq

(𝛿, 𝑇red)) 𝑑𝛿 [J mol−1N2
], (11)

here we pump along the equilibrium partial pressure contour 𝑝O2
(𝛿,

red) and use the model of Brendelberger et al. for the vacuum pump
nergy demand as a function of pressure 𝑊vac. pump(𝑝) [21]. There are

also cases where the equilibrium oxygen pressure is greater than atmo-
spheric pressure. In such cases oxygen released above atmospheric pres-
sure was omitted from the 𝑊vac integral. For the pressure dependence
4

f the vacuum pump see the ESI. t
Table 1
Parameters for the base case of the energy balance.

PSA process

𝑥O2 ,PSA 0.01 [–]
𝑝PSA 7 [bar]

Redox cycle

𝑇ox 623 [K]
𝑇red 873 [K]
𝑝ox 7 [bar]
𝑝red 0.001 [bar]
𝛿ox = 𝛿eq(𝑥O2 ,cut−off 𝑝ox , 𝑇ox) 0.252 [–]
𝛿red = 𝛿eq(𝑝red , 𝑇red) 0.327 [–]
𝑥O2 ,cut−off 3 × 10−6 [–]

Energy demand

𝐸tot 17.5 [kJ mol−1N2
]

𝑊PSA alone 22 [kJ mol−1N2
]

There is also heat released from the system during the cooling of
the packed bed 𝑄SF,cooling and as a result of the exothermic oxidation
reaction 𝑄ox. This released heat is approximately equal to the heat
supplied to the redox cycle. Here we simply assume that the this
released heat is lost to the ambient.

2.4. Energy balance results

The base case parameters and the total energy demand for the
process are given in Table 1. We assume that the operation of the beds
is switched whenever the oxygen impurity reaches 3 ppm. This gives
us a cut-off mole fraction of 𝑥O2 ,cutoff = 3 × 10−6. The parameters of
the base case redox cycle were chosen using practical considerations
and with the aim of maximising the oxygen storage in the SF, 𝛥𝛿.

he oxygen storage 𝛥𝛿, has an inverse relationship with the number
f moles of SF, 𝑛SF (Eq. (9)), and is crucial for the energy demand
𝑄SF and 𝑄red) and feasibility of the system. To achieve a large 𝛥𝛿
he reduction temperature 𝑇red is significantly higher than the oxidation
emperature, but low enough that standard stainless steel could be used
or constructing the packed bed. Similarly, a lower reduction pressure
red would increase 𝛥𝛿, but we also need to consider the energy demand
nd size of the vacuum pump required. A lower oxidation temperature
ox would also increase 𝛥𝛿, but this was not considered as the kinetic
ctivity may be an issue at lower temperatures. Finally, the oxidation
ressure was set equal to the pressure of the PSA system 𝑝ox = 𝑝PSA, so
hat the compressor is unused in the base case and 𝑊compr = 0.

Also given in Table 1 is the total energy demand of the process
ith the base case parameters and for comparison, the energy demand
f using PSA alone to achieve the same purity level according to the
odel of Krenzke et al. given in Eq. (5). This shows that the addition

f the packed bed redox cycle to remove trace oxygen could improve
he energy demand of high purity nitrogen production relative to a PSA
ystem. It also has the benefit that the PSA system can run at lower
urity output and thus higher capacity (see Fig. 1).

At this point we can also perform parametric studies around the base
ase analysis. As mentioned already the number of moles of SF required
o be cycled per mole of nitrogen produced, 𝑛SF, is a very important
arameter for the energy balance. As well as depending on 𝛥𝛿, it is
irectly proportional to the oxygen impurity level in the gas coming
rom the PSA 𝑥O2 ,PSA, as can be seen in Eq. (9). We therefore first
ook at the effect of 𝑥O2 ,PSA on the energy balance. Practically speaking
his parameter decides how much of the separation is done by the PSA
ystem before using the redox cycle to upgrade the purity.

With other parameters from the base case fixed, 𝑥O2 ,PSA was varied
rom 3 × 10−6 to 0.02, with the results shown in Fig. 5. Comparing
tot with 𝑊PSA,alone, we see that for 𝑥O2 ,PSA > 0.015 (1.5% oxygen), our
rocess needs more energy than using just the PSA system to achieve

he same purity. This is because the SF redox process has a relatively
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Fig. 5. Total energy demand of the process 𝐸tot vs. 𝑥O2 ,PSA. Also plotted is the energy
demand required to achieve the same purity using PSA alone 𝑊PSA,alone according
to Eq. (5), and each contribution to the total energy demand, 𝐸tot = 𝑊PSA + 𝑄SF +
𝑄red +𝑄gas +𝑊vac.

Fig. 6. Total energy demand 𝐸tot vs. 𝑝ox, with 𝑥O2 ,PSA = 0.002, while the other
parameters are those of the base case given in Table 1. Also plotted is the energy
demand using PSA alone 𝑊PSA,alone, and each contribution to the total energy demand,
𝐸tot = 𝑊PSA +𝑄SF +𝑄red +𝑄gas +𝑊vac +𝑊compr .

large energy demand that scales directly with the number of moles of
oxygen to be removed. This can be seen by the linear trend 𝑄𝑆𝐹 has on
𝑥O2 ,PSA, while the energy demand of the PSA 𝑊PSA, has a logarithmic
dependence on the purity 𝑥O2 ,PSA. These converse trends lead to 𝐸tot
showing an optimum at approximately 𝑥O2 ,PSA = 0.002.

The influence of using a compressor after the PSA to increase 𝑝ox
was studied by varying 𝑝ox from 7 bar to 70 bar, with the results
shown in Fig. 6. With increasing oxidation pressure 𝑝ox, the 𝐸tot initially
decreases because the higher 𝑝ox leads to a more oxidised 𝛿ox, which in
turn leads to lower 𝑛SF and a lower energy demand for the redox cycle.
The heat necessary to heat the gases 𝑄gas, also decreases and becomes
zero at 𝑝ox = 15 bar, because the compression also heats the gases.
At this point there is a kink where further compression increases the
energy demand. Further compression may negate the need for a heat
exchanger, and in the case where the end user requires high pressure
nitrogen, it could reduce the cost of the system. Increasing 𝑝ox may also
have advantages for the performance of the SF packed bed reactors. A
higher pressure increases the oxygen concentration 𝐶O2

and reduces
volumetric flow rates, which increases the residence time.

The other parameters important in deciding 𝛥𝛿 and thus also 𝑛SF
are the reduction conditions, 𝑇red and 𝑝red. The results of varying these
parameters can be seen in Fig. 7. For each 𝑝red there is a steep increase
in 𝐸tot at some point as we decrease 𝑇red. This vertical increase is where
𝛿 approaches 𝛿 and, thus 𝛥𝛿 approaches zero and 𝑛 approaches
5

red ox SF
Fig. 7. Total energy demand 𝐸tot vs. 𝑇red for 3 different values of reduction vacuum
pressure 𝑝red. Also plotted is the energy demand using PSA alone 𝑊PSA,alone.

Table 2
The mass dimensions and void fraction of the pellet used in the kinetic study.

Mass 806 [mg]
Diameter 7.9 [mm]
Height 3.8 [mm]
Void fraction 𝜀pellet 0.185 [–]

infinity. The work of the vacuum pump 𝑊vac decreases with 𝑝red,
but this appears to be outweighed by the effect of 𝑝red on 𝛥𝛿. The
results show that a reduction pressure of 𝑝𝑟𝑒𝑑 = 0.1 bar, would require
reduction temperatures exceeding 900 K, which may be impractical for
the system. For reduction pressures in the range 𝑝red = 0.01 − 0.001
bar, a reduction temperature of 873 K is sufficient for the process.
This shows that there is flexibility in the thermodynamic limitations to
accommodate design optimisation with readily available components.

3. Experimental analysis

With a promising thermodynamic outlook, we can now move on to
analysing the process from both a kinetic and durability perspectives.
Therefore, in this section we experimentally assess the kinetic reaction
rates, and the chemical stability of the material over many cycles.

3.1. Kinetics

The reduction takes place at 873 K, with oxygen directly removed
via pumping. Under these conditions the kinetics are very fast [12], and
under reasonable operating conditions this step would be limited by the
pumping speed rather than intrinsic kinetics. The oxidation kinetics on
the other hand take place at lower temperatures and under low oxygen
partial pressures, where kinetics will play an important role. A previous
kinetic model by the authors focused largely on the oxidation kinetics
in pure oxygen [12]. However, for oxygen as a dilute gas in nitrogen
the kinetic regime could be quite different due to a more complex mass
transfer in the gas phase within and around pellets/granules. Therefore,
an isothermal relaxation kinetic study was performed for the oxidation
of an SrFeO3 pellet at 𝑇ox = 623 K, under various oxygen concentrations.

The SrFeO3 was synthesised via a solid state annealing of SrCO3
and Fe3O4 powders mixed together, which is described in detail in
previous work [4,12]. The resulting SrFeO3 powder was pressed into
an 8 mm diameter pellet and annealed at 1573 K for 10 h. The mass
and dimensions of the resulting pellet are given in Table 2, which were
combined with the density of SF 𝜌𝑆𝐹 5310.0 kg m−3, to determine the
pellet void fraction of 𝜀pellet .

For the relaxation study the pellet was first reduced at the condi-
tions proposed in the process; 873 K under a gas flow with an oxygen
partial pressure of 𝑝 = 0.01. The pellet was then cooled to 623 K and
O2
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Fig. 8. Left: Extent of reaction 𝑋 vs. time for the oxidation of the pellet at partial pressures 0.1 − 0.01 bar, showing experimental data and the model given in Eq. (13). Right:
A log–log plot of the rate vs. the oxygen concentration for three different conversion extents (𝑋 = 0.1, 0.2, and 0.3), showing the linear fits used to determine concentration
dependence 𝑛.
Table 3
Kinetic model parameters for Eq. (13), determined from the numerical fit of the data
shown in Fig. 8.
𝑘 2.13(1) × 10−3 [(molm−3)−n s−s]
𝑛 0.81(1) [–]
𝑚 0.8(1) [–]

oxidised under different oxygen partial pressures in the range 1 − 0.01
bar. To analyse the data we use the same approach as in our previous
work [12], but focused on lower partial pressures. Full details of the
kinetic study are given in the ESI.

Fig. 8 shows the kinetic data at lower partial pressures of 0.1–0.01
bar, with the reaction extent 𝑋, given by,

𝑋 =
𝛿0 − 𝛿(𝑡)

𝛿0 − 𝛿eq(𝑇 , 𝑝O2
)
, (12)

where 𝛿0 is the non stoichiometry at 𝑡 = 0 and 𝛿eq(𝑇 , 𝑝O2
) is the

equilibrium non-stoichiometry at the given oxygen partial pressure.
Data at higher partial pressures was omitted as it showed a different
trend in the 𝑋 dependence, indicating a different reaction regime (see
ESI). This rate can be seen to decrease with increasing 𝑋 with a power
law dependence, indicating a kinetic model of the form,
𝑑𝑋
𝑑𝑡

= 𝑘𝐶𝑛
O2
(1 −𝑋)𝑚 [s−1]. (13)

where 𝑘 is the rate constant at this temperature, 𝑛 is the power law de-
pendence on oxygen concentration, and 𝑚 is the power law dependence
on reaction extent 𝑋. These parameters were determined by making
numerical fits of the experimental data and are given in Table 3. It
was verified that the kinetics were not limited by the system (heat or
mass transfer), and therefore represent kinetic limitations of the pellet
itself. To check the performance of a packed bed reactor we can use
this kinetic model to represent the oxidation rate of a pellet within the
packed bed.

3.2. Chemical looping stability tests

The stability of the SrFeO3 chemical redox reactions was investi-
gated over 250 cycles. A total of 527 mg of the prepared SrFeO3 powder
was placed in the TGA and cycled 250 times between a reduction step
at 850 K in an oxygen partial pressure 𝑝O2

= 0.01 bar, and an oxidation
step at 630 K in an oxygen partial pressure 𝑝O2

= 0.2 bar.
The results from these cycling experiments are shown in Fig. 9,

where it can be seen that the material’s total mass change during each
cycle is close to a constant. After 250 cycles there is an approximate
decrease in the oxygen stored of 1%, which could be a result of drift in
the TGA mass measurements. This high chemical stability is expected,
6

due to the fact that our material was annealed at 1473 K, which is
600 K higher than the temperatures used in the cycle. Furthermore,
SrFeO3 undergoes partial reduction, without any major phase changes,
so that the lattice remains intact throughout the cycle [9]. Fig. 9 also
shows the oxidation step of the 10th and 240th cycle, where both show
almost identical profiles. The chemical cycle stability is therefore seen
from both a kinetic and total yield perspective.

4. Packed bed reactor model

Next we formulate a model of the packed bed reactors. The reduc-
tion takes place at 873 K, with oxygen directly removed via pumping,
where the kinetics are very fast [12], and so we assume the reduction
goes to equilibrium 𝛿red = 𝛿eq(𝑇red, 𝑝red). We therefore focus our atten-
tion more on the oxidation step, where the reaction between oxygen gas
at low partial pressures and the solid reactor bed may lead to critical
kinetic limitations.

4.1. Packed bed model assumptions

A reactor containing a fixed bed of SF pellets was simulated under
the following assumptions:

1. A 1D model along the length of the reactor with radial symmetry
of the domain.

2. No gravitational effects.
3. Volume of SrFeO3 pellets are unchanged by the reaction.
4. The process is isothermal with a uniform temperature throughout

the packed bed.
5. The pressure drop across the bed is neglected.
6. The kinetics are assumed to follow the model parameters deter-

mined in the previous section for the 8 mm diameter pellet.

The first two assumptions are standard simplifications used to model
packed bed reactor as one dimensional systems. The third assumption
is justified from experimental observations of the SrFeO3 perovskite
lattice parameters during reduction, which shows a small <2% change
over a broad range of 𝛿 [9]. For the fourth assumption we show that
the heat capacity of the bed and feed gases is much larger than the
heat of reaction, allowing an adiabatic reactor to operate approximately
isothermally (see ESI). To justify the fifth assumption, we calculate the
pressure drop across a packed bed for the process conditions suggested,
and find it to be negligible (see ESI). The sixth assumption is that the
kinetics will be in the same regime as what we have measured for
our pellet. This kinetic expression includes oxygen transport within the
pellet (gas or solid phase transport), so that the pellet’s volume will be
omitted from the gas phase convection–diffusion domain.
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With these assumptions we can then model the packed reactor with
wo independent variables; the oxygen concentration 𝐶O2

modelled
ith a convection–diffusion equation in the void space of the packed
ed, and the oxide non-stoichiometry in the solid phase 𝛿.

.2. Model equations

The general convection–diffusion equation for dilute species in
orous media with a chemical reaction source term was used to model
he gas moving through the packed bed reactor [22],

𝑏𝑒𝑑
𝜕𝐶O2

𝜕𝑡
= −

𝜕(𝑢𝑠𝐶O2
)

𝜕𝑥
+𝐷eff

𝜕2𝐶O2

𝜕𝑥2
+ 0.5𝐶𝑆𝐹

( 𝜕𝛿
𝜕𝑡

)

(14)

where 𝑢𝑠 is the superficial velocity, 𝐷eff is the effective diffusion
coefficient of oxygen in nitrogen [23], and 𝜀𝑏𝑒𝑑 is the free volume of the
eactor (volume not occupied by the pellets/granules). The last term is
he chemical reaction source term, which is given by the concentration
f SF in the reactor 𝐶SF = 𝑛SF

𝑉𝑟𝑒𝑎𝑐𝑡𝑜𝑟
multiplied by 0.5 for the stoichiometry

f the reaction and the kinetic rate of change of non-stoichiometry,
𝜕𝛿
𝜕𝑡 . The rate of change in 𝛿, 𝜕𝛿

𝜕𝑡 was calculated using the kinetic model
iven in Eq. (13) with the parameters given in Table 3, and using the
ormulae [12],

(𝑡) =
𝛿red − 𝛿(𝑡)

𝛿red − 𝛿𝑒𝑞(𝑝O2
(𝑡), 𝑇 )

. (15)

Here 𝛿𝑒𝑞(𝑝O2
(𝑥, 𝑡), 𝑇ox), refers to the equilibrium for the local oxygen

concentration 𝑝O2
=

𝐶O2
𝑅𝑇 .

The initial condition throughout the reactor was, for the SF,

(𝑡 = 0) = 𝛿red. (16)

nd for the gas phase, the corresponding equilibrium oxygen concen-
ration for 𝛿red at the oxidation temperature,

O2
(𝑡 = 0) = 𝐶O2 ,eq =

𝑝O2 ,eq(𝛿red, 𝑇ox)
𝑅𝑇

. (17)

The reduction extent 𝛿red was determined by assuming we achieve the
equilibrium value during this step. For the inlet boundary condition
(𝑥 = 0) we have the concentration of the incoming gas,

𝐶O2
(𝑥 = 0) = 𝐶O2 ,in = 𝑥O2 ,PSA

𝑝ox
𝑅𝑇

. (18)

t the outlet of the packed bed 𝑥 = 𝐿bed we have an outflow condition.
e then need to solve this on the domain 𝑥 ∈ [0, 𝐿bed], and 𝑡 ∈

0, 0.5𝑡cycle].
To get a numerical solution of 𝐶O2

(𝑥, 𝑡) and 𝛿(𝑥, 𝑡), we used the finite
volume method in a 1D space with uniform mesh size of 200 cells.
We used the upwind scheme for the convection term and the central
difference scheme for the diffusion term. An explicit solution method
was implemented, with full details given in Section 4 of the ESI.
7

Table 4
Parameters for the packed bed simulation for comparison to the experimental results
from Bulfin et al. [4].

Packed bed operating conditions

𝐿bed 0.15 [m]
𝑅bed 0.01 [m]
𝜀bed 0.72 [–]
𝑚SF 0.0482 [kg]
�̇� (at 298 K) 219 [sccm]
𝑢𝑠 (at 623 K) 0.0235 [m s−1]
𝐶SF 5406 [mol m−3]
𝑥O2 ,in 0.2 [–]
𝑇ox 623 [K]
𝑇red 1073 [K]
𝑝ox 1.01 [bar]
𝑝red 0.025 [bar]

4.3. Model validation

In previous work, Bulfin et al. [4] performed a technology demon-
stration of this process, where a small packed bed of SrFeO3 granules

as rapidly heated and cooled under various flows of synthetic air
ixtures. The process was demonstrated for two cases, one for re-
oval of oxygen from undiluted air and one for oxygen removal

rom ‘‘precleaned’’ air (≈ 1%O2). In order to validate our packed bed
odel, we simulate the experiments performed to compare the outlet

oncentration of oxygen over time. Both oxidations were performed at
ox ≈ 623 K, which is the same temperature we have measured our
inetics, so that they should be suitable for validation. Here we show
he results of the case for oxygen removal from synthetic air, and in the
SI we show the results for the ‘‘precleaned’’ air.

For the parameters of the packed bed we use the values reported in
ulfin et al. [4] for their packed bed, which are given in Table 4. The
ranules in the packed bed were taken to have a void space 𝜀granules =
.3, and together with the total mass of SF 𝑚SF and the volume of the
ed 𝑉bed = 𝜋𝐿bed𝑅2

bed, this allowed the void space of the bed to be
calculated, 𝜀bed (the void space of the bed does not include the void
space within the pellets). The superficial velocity was calculated using
the gas feed rate and cross sectional area of the reactor tube and the
volumetric flow rate at the oxidation temperature 𝑢𝑠 =

�̇�
𝜋𝑅2

bed

. Finally,

he concentration of SF in the bed can be calculated using the bed
olume, the mass of SF and the molar mass of SF, 𝐶SF =

𝑚SF
𝑉bed𝑀SF

.

Fig. 10 shows the results of the simulation with a comparison to
experimental outlet oxygen concentration vs. time. From the compari-
son of the outlet oxygen mole fraction we can see that the simulation
outperforms the experiment. There could be a number of reasons for
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Fig. 10. Simulation of the undiluted air case from the technology demonstration by Bulfin et al. [4] with parameters given in Table 4. Left: The oxygen gas concentration 𝑐O2
,

and the SF non-stoichiometry 𝛿, vs. position 𝑥 along the reactor at various times throughout the oxidation step. Right: Outlet molar fraction 𝑥O2 ,out plotted against time for the
simulation and experiment. The boundary of the shaded region above the simulation shows the model run with a slower kinetic rate using the error reported for the parameter
𝑚 = 0.8(1), and a lower reduction temperature 𝑇red = 1023K.
differences between simulation and experiment. The main reason is
likely the fact that the granules in the experiment have diameters
𝑑 = 3.5 − 4.5 [mm] comparable to that of reactor tube 𝑑 = 20 [mm]. In
this case edge effects can result in preferential flow paths and would
lead to shorter average residence times, as opposed to the uniform
flow distribution in our 1D model. In addition, the temperatures in the
experiment were measured at the centre of the bed, where the average
temperature could be lower leading to slower kinetics, and a lower
average reduction extent 𝛿red.

The edge of the shaded region in Fig. 10 shows a model run with
lower values for reduction temperature and slower kinetics within the
experimental errors of the kinetic study, to highlight the effect these un-
certainties can have on the simulations. This region comes much closer
to the experimental outflow oxygen mole fraction. Very similar trends
are seen for comparison of the model to the pre-cleaned air shown in
the ESI, with the model again outperforming the experimental case.
However, given the uncertainties faced in modelling this experimental
demonstration the agreement in the general trend is relatively good.

In Fig. 10 (left) it can also be seen that at the inlet of the packed
bed, the SF reaches equilibrium with the inlet oxygen concentration
𝛿 = 𝛿eq(𝑥O2,in

𝑝ox, 𝑇ox), while the SF at the exit remains unoxidised.
This means that more oxygen can be absorbed by the bed than in the
zero dimensional case used for the energy balance calculations, which
assumed the oxide could only be oxidised to equilibrium with the cut-
off oxygen pressure, 𝛿eq(𝑥O2,cutoff

𝑝ox, 𝑇ox). This is a general performance

improvement seen for a plug flow reactor relative to a perfectly mixing
reactor [24]. This will lead to better utilisation of the SF bed, and
further improve the energy balance of the process.

4.4. Scaled up system

In this section we use the 1D model to simulate a test case system
for the production of 1000N m3 h−1 with a cut off oxygen impurity of
𝑥O2 ,𝑐𝑢𝑡𝑜𝑓𝑓 = 3⋅10−6. All parameters for this test case are given in Table 4.
We assume the PSA system is used to pre-clean the air to xO2,PSA

= 0.001,
which could for example be achieved with the Genron system shown in
Fig. 1. This level of purification in the PSA system allows for a smaller
add on redox unit to achieve high purity, while maintaining a relatively
high capacity for the PSA system.

We model a packed bed of pellets assumed to be identical to those
manufactured for the kinetic analysis with dimensions given in Table 2.
The maximum random packing density of cylinders with this aspect
ratio is approximately 0.68 [25]. A loosely packed bed would fall short
of this maximum, and so we have selected a bed with a packing density
of 0.6, giving a bed void fraction of 𝜀 = 0.4.
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Table 5
Parameters for the packed bed simulation for comparison to the experimental results
from Bulfin et al. [4].

Packed bed design parameters

𝐿bed 0.5 [m]
𝑅bed 0.5 [m]
𝜀bed 0.4 [–]
𝑚SF 855 [kg]
�̇� (at 298 K) 1000 [N m3 h−1]
𝑢𝑠 (at 623 K) 0.041 [m s−1]
𝐶SF 13 677.0 [mol m−3]
𝑥O2 ,in = 𝑥O2 ,PSA 0.001 [–]
𝑇ox 623 [K]
𝑇red 873 [K]
𝑝ox 20 [bar]
𝑝red 0.005 [bar]
𝑥O2 ,cutoff 3 ⋅ 10−6 [–]
𝑡cycle = 2𝑡cutoff 12.8 [h]

The packed beds were then scaled so that they will have a relatively
long cycle time of approximately 12 h, with size parameters given
in Table 3. The long cycle time will allow a generous six hours for
the regeneration of the packed beds in the reduction step, via heating
and vacuum pumping. The diameter of the bed was set to allow for
a relatively low superficial velocity of approximately 4 cm s−1. We
assumed that the compressor was used to increase the pressure to 20
bar, which also reduces the flow velocity and increases the partial
pressure of oxygen in the incoming flow.

The results for an oxidation cycle of the packed bed simulated
using our 1D reactor model are shown in Fig. 11. If each pellet does
have oxidation kinetics in-line with our kinetic measurements, this
bed would be suitable for over six hours of oxidation time before
reaching the cut-off oxygen mole fraction. With two beds this would
give over 12 h for a single cycle. However, it is important to discuss
the assumption that the oxidation kinetics will be the same as in our
experimental tests. We do have the same temperature 𝑇ox = 623K, and
similar oxygen partial pressures at the input 𝑝O2,in=0.02 bar , but we also
have a larger total pressure 𝑝ox = 20 bar. This change in total pressure
can affect the kinetics because the gas phase diffusion coefficient scales
with the inverse of the pressure, 𝐷O2

∝ 1
𝑝 . However, the pellets were

relatively large, and dense (18% void space), so that it is unlikely that
gas phase diffusion within the pellet is playing the limiting role, or
we might expect almost negligible oxidation rates. A previous kinetic
study at even lower temperatures, showed rapid oxidation kinetics,
which indicates a high solid phase diffusion rate [12]. Therefore, we
are assuming that the solid phase diffusion of oxygen ions is responsible
for the transport of oxygen within the pellet. If this is valid then the
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Fig. 11. Simulation of a packed bed for use in a 1000 N m3 h−1 nitrogen processes as illustrated in Fig. 2 with process parameters given in Table 5. Left: The oxygen gas
concentration 𝑐O2

, and the SF non-stoichiometry 𝛿, vs. position 𝑥 along the reactor at various time throughout the oxidation step. Right: The mole fraction of oxygen in the output
stream 𝑥O2,out

vs. time, with the cut-off mole fraction 𝑥O2,cuttof f
, and the time taken to reach this value 𝑡cutoff , also shown.
Table 6
Oxygen storage capacity 𝛥𝛿 for the thermodynamic model, the 1D model maximum
and the average value over the packed bed at the cut-off time for the data plotted in
Fig. 11.

𝛿ox 𝛥𝛿

Thermodynamic model 𝛿eq(𝑇ox , 𝑥O2 ,cutoff 𝑝ox) 0.06
1D model max 𝛿eq(𝑇ox , 𝑥O2 ,in𝑝ox) 0.131
Simulation 𝛿 0.107

Fig. 12. Energy demand of nitrogen production using a PSA alone 𝑊PSA,alone, and
on the right the energy demand using a combined PSA-redox process 𝐸tot = 𝑊PSA +
𝑊compr +𝑄SF +𝑄red +𝑊vac, which was calculated using the mass balance of the test case
simulation shown in Fig. 11 and following the methodology from the thermodynamic
model section. In this case 𝑄gas = 0, due to the heat provided by the compressor.

modelled reactor should be relatively accurate. Further experimental
tests at larger pressures would be required to validate this assumption.

As mentioned in the previous section, the flow configuration of the
packed bed allows the SF to be oxidised beyond what was assumed in
the thermodynamic model. This is summarised in Table 6, where it can
be seen that the packed bed simulated here has 80% higher oxygen
storage than was assumed in the thermodynamic energy balance calcu-
lations. We can make an energy balance for this specific case using the
same methodology as the thermodynamic model but using the larger
𝛥𝛿 found in the simulation.

In Fig. 12 it can be seen that the energy demand calculated for this
test case is lower than for the PSA system alone. The energy demand
of the combined PSA-redox process is largely made up of the work
of the PSA, followed by the work of the compressor. The energy to
heat SF 𝑄 , is relatively small in this case because the pre-cleaning
9

SF
was to 0.1% oxygen, and the larger oxygen storage 𝛥𝛿 relative to the
thermodynamic model, both of which lead to less SF required to be
cycled per mole of nitrogen produced.

In addition to the improved energy balance, this process design also
allows a given PSA system to maintain a high production capacity,
due to the lower purity leaving the PSA. When considering the cost
of producing high purity nitrogen at intermediate scale this could
improve both capital and operating expenditure, as we reduce the
energy demand and increase the capacity of a given PSA system.

5. Conclusions

This work highlights the high potential for application of a chemical
looping redox process based on SrFeO3, for the removal of residual
oxygen coming from a PSA system. It could allow for competitive
production of nitrogen at intermediate scales and high purity. The
thermodynamic analysis presented here showed an approximate energy
demand of 14 kJ mol−1N2

for a cut-off oxygen impurity of 3 × 10−6. The
kinetic analysis combined with the modelling of the packed bed, also
showed very promising performance for oxygen removal. Cycle stability
tests showed reversible oxygen storage at the relevant process condi-
tions over 250 cycles. Overall, the study indicates that this nitrogen
production process could be very interesting for industrial application.
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